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The mechanistic modeling of biodiesel production process in membrane reactor with the consideration of chemical reac-
tion, phase equilibrium, and ultrafiltration is important for the membrane reactor design. In part II of this work, the
chemical and phase equilibrium (CPE) model for crude palm oil transesterification reaction in the membrane reactor
developed in part I is extended to an integration of CPE with modified Maxwell–Stefan model, which considers multi-
component mass transport phenomena of concentration polarization and intramembrane. A good fit of simulated perme-
ate fluxes and apparent solute rejection to the experimental data shows that the model has a good prediction capability.
Reversible fouling was found to be the major fouling and no pore plugging was observed. Simulation results verified
that micelles were retained by the membrane at CPO:MEOH molar ratio of 1:24 and catalyst concentration of 0.5 wt
%. However, phase inversion happened when catalyst concentration of 0.05 and 0.1 wt % were used. VC 2015 American

Institute of Chemical Engineers AIChE J, 61: 1981–1996, 2015
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Introduction

For transesterification reaction in a 6-L membrane reactor,
reaction occurs in a two-phase system, as oil and alcohol are
immiscible. Nevertheless, heterogeneous reaction can occur
at the micelle interface in the reactor. To consider every sin-
gle solute in the mixture is in contact with the surrounding
bulk liquid and can be described by the bulk composition,
one relatively simple kinetic called “pseudohomogeneous”
kinetic approach can be used. For such a two-phase reaction
system, chemical reaction and phase equilibrium should
always be computed simultaneously to consider their strong
interaction. Thus, chemical and phase equilibrium (CPE)
study was conducted and discussed in part I of this paper
series.

As the scale size of membrane reactor developed in this
study was 6 L, the biodiesel process in the membrane reactor
was considered as a lab-scale process. Looking at the com-

plexity of multiphase of the recycle loop operation as shown
in Figure 1 of part I of this two-paper series, mechanistic
modeling approach to describe the transport phenomena of
multicomponent biodiesel process in the membrane reactor
with the consideration of heterogeneity behavior and CPE is
important for the membrane reactor design.1,2 There are sev-
eral mathematical models describing the transport phenom-
ena of binary or multicomponent separation in the membrane
system which include the models based on particle-liquid,3–5

liquid–liquid,6,7 and gaseous separation8–12 processes. There
is also an article describes mass transport owing to molecular
diffusion and viscous flow, as well as an instantaneous
reversible reaction inside a membrane reactor for catalytic
gas–solid reactions.13 However, these models are not suitable
for the membrane reactor developed in the present work that
involves reversible transesterification reaction and liquid–liq-
uid phase separation.

The economics of membrane filtration processes are
largely dependent on the permeate flux.14–16 Permeate flux
deterioration due to concentration polarization and mem-
brane fouling are the two main phenomena that set a serious
limitation in various membrane filtration processes, and
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affect the overall performance and economics.17,18 Therefore,
prediction on permeate flux deterioration based on different
fouling mechanisms is the key investigation on the mem-
brane performance.19–22

In ultrafiltration process, the fouling mechanisms can be
attributed to concentration polarization on the membrane sur-
face or surface fouling due to adsorption and gel-layer for-
mation, and internal pore fouling due to pore adsorption and
pore blocking.17,23,24 Flux decline study in ultrafiltration pro-
cess is commonly based on the boundary layer theory, which
considers only the transport phenomena adjacent to the
membrane surface.25–27 Besides, the rejection of various
components or solutes by an inert membrane is also an
important factor in the ultrafiltration process. The membrane
fouling is in close association with solute rejection because
the membrane fouling could be caused by pore adsorption
and pore blocking.15,24,25,27–30

Modeling of the permeate flux decline and solute separa-
tion in ultrafiltration process requires the consideration of
two coupled transport phenomena caused by the concentra-
tion polarization in the boundary layer near the membrane
surface and inside the membrane.1,25 Rejection of solutes
causes the accumulation of those particles in a thin layer

adjacent to the membrane surface. The thin layer is often
referred as polarization layer, and this phenomenon is called
as concentration polarization. The extent of concentration
polarization can be determined by the convection–diffusion
equation, which combines the convective transport of par-
ticles toward the membrane and the diffusion of particles
away from the membrane back into the bulk solution. Con-
versely, particles deposit onto the membrane surface or into
the membrane pore surface may also influence the permeate
flux, and it is often referred as membrane fouling.

Modeling of the mass transport phenomena at the mem-
brane surface and inside the pores aids the understanding of
macroscopic behavior in membrane separation, and provides
estimates of the transport parameters and separation charac-
teristics of the membrane.25 For these reasons, the second
part of this paper series focuses on the development of an
ultrafiltration model for convective mass transport toward the
membrane and permeation through a chemically inert porous
membrane.

In the present article, a systematic model for the crude
palm oil (CPO) transesterification in a membrane reactor for
biodiesel production is developed for the first time by inte-
grating the CPE model and the modified Maxwell–Stefan

Figure 1. Overall flow diagram for the solution of Maxwell–Stefan model with the incorporation of CPE model.
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model. The integration of both models involves a few major
steps as shown in Figure 1. The multicomponent bulk con-
centrations for each phase (cI

i;b; c
II
i;b) at the feed side of the

membrane can be estimated using the CPE model as pre-
sented in part I of this paper series. Subscript b represents
the bulk phase. zi is the component mole fraction in bulk
phase, xI

i and xII
i are the component mole fraction in Phase I

and Phase II, respectively. As the calculation of CPE model
requires the effective rate constant, k

0
i and activity coeffi-

cient, ci, both parameters can be estimated using kinetic
model and thermodynamic model, respectively, from our
previous work.31,32

Once the concentration of cI
i;b and cII

i;b are estimated, the
permeation of MEOH-rich phase containing FAME through
the membrane by retaining the TG-rich phase (micelle in
this case) can be predicted using the modified Maxwell–
Stefan model. The modified Maxwell–Stefan model consid-
ers the solutes and solvent mass transport phenomena at the
membrane surface (polarization layer) and through the
membrane (intramembrane). Once the permeate concentra-
tions, ci;p are obtained, permeate phase separation into
FAME-rich phase and MEOH/GLY-rich phase, at room
temperature (298.15 K) can be estimated from the experi-
mental data.

Model Development

Modified Maxwell–Stefan model

In a multicomponent system, there are two main kinds of
forces need to take into account. They are the driving forces
and friction forces, and the balance between them formed
the generalized Maxwell–Stefan equation33–36
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In the present system, MEOH is regarded as solvent and
other components are regarded as solutes. It consists of n
solutes in a solvent with the order of solutes i and solvent as
defined in Table 1.

In the present work, a heterogeneous system of multicom-
ponent fluid mixture flows through an inert membrane with
the assumptions made as follow,

1. The membrane is considered as a separate component,
which does not influence the local thermodynamic and trans-
port properties of the fluid, but which exerts a friction force
on the fluid components.

2. The chemical potential gradient and the pressure gra-
dient are the only important driving forces, while the elec-
trical potential and other external body forces are
negligible.

3. The mass transport is considered as one-dimension
case.

4. The specific molar velocity of the membrane is equal
to zero because it is mechanically constraint by the clamping
force to keep the membrane in place.

5. The fluid behaves as continuum for which the molecu-
lar mean free path is much shorter than the pore diameter. In
other word, both the diameters and the spacing of the intra-
pore molecules are short compared to the pore dimensions.
Here, the generalized Maxwell–Stefan equations for multi-
component diffusion can be used.

6. Porosity and tortuosity corrections were included to
relate the fluxes inside the membrane to the experimentally
measurable fluxes outside the membrane.

In the present article, the multicomponent mass trans-
port model was developed based on the modified Max-
well–Stefan model by Kerkhof.1 The model is made up of
a multicomponent boundary layer/concentration polariza-
tion model and an intramembrane model. The concentra-
tion polarization model is developed with the Vieth
approximation for the turbulent diffusivity.1 The model is
about a more precise modeling of separate contributions
of turbulence and diffusion by considering the thermody-
namic effects and solute interactions in the polarization
layer. For the intramembrane model, Kerkhof1 had modi-
fied the generalized Maxwell–Stefan equations (Eq. 1),
and referred to it as binary friction model. It considers
both the friction forces caused by intermolecular diffusion
and component-wall interaction. In this work, only the
mass transport in radial direction that is normal to the
direction of flow in the tubular membrane reactor was
considered, and assumed that the effect of axial mass
transport in negligible.

Mass transfer inside the membrane

When the membrane is introduced as a separate compo-
nent into the multicomponent mixture system, the friction
exerted by the membrane is included in Eq. 1 as a separate
component. The number of solute in the fluid is denoted as n
and the membrane is denoted as m in subscript. As the flux
of the membrane (Nm) is equal to zero, Eq. 1 is then
becomes

Xn

j51
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xiNj2xjNi

ct-Dij
2rimNi5

xj

RT
rT;Pli1

/i

ctRT
rP (2)

in which

rimNi5amji/iui (3)

where rim is the friction force between the solute i and mem-
brane, m. am is the membrane resistance factor and ji is the
fractional viscosity coefficient. am is considered as depending
only on the membrane structure, it then becomes

am5
1

Bo
(4)

where Bo is permeability parameter. Substituting Eqs. 3 and
4 into Eq. 2 gives1

Table 1. Order of Solute i and Solvent in MEOH-Rich Phase

(Phase I) and TG-Rich Phase (Phase II)

i Component in Phase I Component in Phase II

1 Micelles –
2 TG TG
3 DG DG
4 MG MG
5 GLY GLY
6 FAME FAME
7 MEOH MEOH
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in which the binary Maxwell–Stefan diffusion coefficients
are equal34

-Dij5-Dji (6)

Equation 5 is then arranged into friction matrices by fol-
lowing the derivation adopted from Kerkhof1 as presented in
Appendix. Equation 5 becomes
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where Nm are the fluxes inside the membrane per unit of
pore area with the friction matrices, G
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where dij is the Kronecker delta, e is the porosity, s is the
tortuosity, �V is the specific molar volume. ½G0 � is the gener-
alized friction matrix, ½B� is the Maxwell–Stefan friction
matrix, and ½F0 � is the matrix in convection part of transport
equation.

Analysis of a two-phase system requires modification of
the thermodynamic correction factor matrix Cc½ �ij to portray
the nonideal behavior and it can be written as
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where �c is the average activity coefficient.
According to Kerkhof,1 the value of ji in the generalized

friction matrix G
0� �

and convective part matrix F0½ � can be
defined as

Xn

i51
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where gm is the dynamic viscosity of mixture and DPtotal is
the transmembrane pressure. To solve Eq. 13, the ji is esti-
mated with method of Wilke37
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in which gi is the pure solute viscosities, nij is the interaction
parameter, and M is the solute molecular weight.

The permeability Bo of a cylindrical pore of radius rpore is
defined as38

Bo5
r2

pore

8
(16)

In case of the solutes are only partially excluded from the
membrane, the volume flux or volume-averaged velocity uv

can be calculated based on the equation as follow

uv5Lp DPtotal2rDP½ � (17)

where r is the osmotic reflection coefficient, Lp is the
hydraulic permeability, and DP is the osmotic pressure
difference.

The value of the osmotic reflection coefficient can be
determined experimentally by either two methods39 as
follow

r5 2
uv
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The osmotic pressure different across the membrane,
which depends on the concentration of both sides, is given
as1,5

DP5RT
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Symbol of c denotes the activity coefficient. Subscript dpol

and p represent the polarization-membrane interface and the
permeate side, respectively.

To estimate the binary Maxwell–Stefan diffusion in a mul-
ticomponent system, the derivation from Taylor and
Krishna36 was adopted as

-Dij5 -Do
ij


 �11xj2xi
2

-Do
ji


 �11xi2xj
2

(21)

Wilke and Chang40 correlation was used to estimate the
diffusion coefficients in dilute liquid mixture

-Do
ij57:431028

/jMj

� 
0:5
T

gjV
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i

(22)

where -Do
ij is the diffusion coefficient of solute i present in

infinitely low concentration in solvent j, Mj is the molar
mass of the solvent, T is temperature (K), g is the dynamic
viscosity, and Vi is the molar volume of solute i at its nor-
mal boiling temperature. The association factor /j for the
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solvent is equal to 1.9 for MEOH and 1.0 for other nonasso-
ciated solvents.

Mass transfer in the polarization layer

The mass balance of a solute at the membrane surface at
steady-state condition gives the rate of convective transport
of solute toward the membrane surface equal to the rate of
solute permeate through the membrane plus the rate of sol-
ute due to back-diffusion.41 In the present study, turbulent
diffusion effect is considered in the concentration polariza-
tion layer. Thus, for one-dimensional mass transport in the
polarization layer, the flux per unit area of the membrane is
derived as36

Npol

� 

52 D½ �1 D½ �turb

� � @ðciÞ
@z

1uvðciÞ (23)

where N are the fluxes per unit area of the membrane and
subscript pol represents the polarization layer.

The Fickian molecular diffusion matrix is defined as

D½ �5 B½ �21½Cc� (24)

The diffusion caused by the turbulent eddies in the polar-
ization layer42 as presented in the turbulence diffusion
matrix, D½ �turb is defined as43,44

D½ �turb5Dturb½I� (25)

where ½I� is the identity matrix and Dturb is the turbulent dif-
fusivity coefficient.

In this study, Vieth approximation is taken as the basis for
the boundary layer theory.1 The turbulent diffusivity coeffi-
cient, Dturb can be estimated from the turbulent Schmidt
number, Scturb

36 as

Scturb5
vturb

Dturb

� 1 (26)

and the turbulent kinematic viscosity, vturb is taken into
account by the Vieth correlation1,36
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in which the constant cVieth is equal to
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In the polarization layer, a dimensionless distance coordi-
nate perpendicular to the membrane wall, y1 of � 5 was
considered as having the sufficient distance for the develop-
ment of the concentration profile within the boundary layer
thickness of dpol

1,42

The Fanning friction factor, f was derived based on its
relationship with the friction head, hf as

hf 5
2fu2

t Ltube

gdtube

(29)

where ut is the bulk flow velocity, Ltube is the length of tubu-
lar membrane, g is the gravitation constant, and dtube is the
diameter of tubular membrane. The friction head was related
to the pressure loss due to friction, DPfric that can be meas-
ured experimentally as

DPfric5qghf (30)

where q is the density of the fluid. By substituting Eq. 29
into Eq. 30, we obtained

DPfric5
2fu2

t Ltubeq
dtube

(31)

from which the Fanning friction factor can be calculated.
The bulk velocity along the membrane ut, also known as
cross flow velocity, is defined as

ut5
QF

ntube
p
4

d2
tube

(32)

in which QF is the volume feed flow rate.

Boundary condition

As there is a surface of discontinuity (phase interface)
between the polarization layer and membrane, the numerical
procedure requires continuity equations at appropriate bound-
ary conditions. The continuity equation for component i for
the concentration polarization and intramembrane can be
obtained from differential material balance. A mole balance
on solute i over a differential element of width, Dz and cross-
sectional area, Ac, whereby no chemical reaction in z-direction
as shown in Figure 2 at the steady-state condition, gives

Molar Flow Rate In2Molar Flow Rate Out

1Rate of Generation5Rate of Accummulation

Fizjz2Fizjz1Dz105
@ci

@t
� Ac � dz (33)

Dividing the Eq. 33 by 2Dz and taking the limit as
Dz! 0, gives

1

Ac
� @Fiz

@z
5
@ci

@t
(34)

The molar flow rate, Fiz can be expressed in terms of
molar flux Ni and Ac as

Fiz5NizAc (35)

Divide Eq. 35 by Ac and substitute it into Eq. 34, to get

@Niz

@z
5
@ciðt;VÞ
@t

(36)

The steady-state behavior was considered in the multicom-
ponent mass-transfer study. For the permeation in z-direction
at steady state, the equations of continuity as Eq. 37 for the
polarization layer and as Eq. 38 for the intramembrane are
obtained by substituting the flux of Eqs. 7 and 23 into Eq.
36, respectively. Equation 37 for polarization layer and Eq.
38 for intramembrane reduced to

@
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50 (38)

To solve Eqs. 37 and 38, the boundary layers as shown in
Figure 2 and the boundary conditions presented as Eqs. 39–41
are considered. The boundary conditions for the combined
models of polarization layer (Eqs. 39 and 40) and intramem-
brane (Eqs. 40 and 41) for ultrafiltration are given as
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z52dpol; ci;2dpol
5ci;b ; i51; 2 . . . n (39)
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where ci;2dpol
, ci;b, ci;pol; and ci;p are the solutes concentra-

tions at bulk-polarization interface, bulk phase, polarization
layer, and permeate phase, respectively. The parameter of
dpol can be estimated from parameter estimation, which is
discussed in the next section.

As shown in Figure 2, the z52dpol, z50; and z5Lm are
the boundary set at the thickness of polarization layer, at the
polarization layer-membrane interface, and the thickness of
membrane, respectively. The Keq

� �II
and Keq

� �m
are equilib-

rium partition coefficients. ½Keq�II5 cII

cI can be obtained from
LLE thermodynamic model, and the only fitting parameter,
Keq

� �m
can be fitted from the mass transport model using the

experimental data.

Parameter estimation

Hydraulic Permeability Constant, Lp. The hydraulic per-
meability constant, Lp of Eq. 17 can be determined from the
slope of the pure MEOH solvent flux, vs. the transmembrane
pressure46 based on Eq. 42. Pure MEOH solvent fluxes were
obtained experimentally at various transmembrane pressures
at room temperature and atmospheric pressure

uv
MEOH5LpDPtotal (42)

The relationship between the transmembrane pressure and
pure MEOH solvent flux, uv

MEOH enables the determination
of membrane resistance, Rm that was defined as

Rm5
1

LpgMEOH

(43)

which is equivalent to1,47

Rm5
Lm

Bo

s
e

(44)

Equation 44 can be used to calculate the ratio of s
E.

Mass-Transfer Coefficient, k. The mass-transfer coeffi-
cient, k, can be estimated using the correlation between the
Sherwood number, Sh with Reynolds number, Re and
Schmidt number, Sc, respectively, as36

Sh50:023Re0:8Sc0:33 (45)

To solve Eq. 45, the Reynolds number, Re and Schmidt
number can be calculated from Eqs. 46 and 47 as below

Re5
qutdtube

g
(46)

Sc5
g

q �D
(47)

where dtube is the diameter of tubular membrane tube, _g is
the dynamic viscosity of the fluid, and �D is the average dif-
fusive mass-transfer coefficient, which can be obtained by
finding the mean value of ½D� calculated from Eq. 24.

After obtaining the Sherwood number, the mass-transfer
coefficient, k can be calculated from Eq. 48

Sh5
kdtube

�D
(48)

Using the mass-transfer coefficient, k and average value
for Fickian diffusive mass-transfer coefficient, �D, the polar-
ization boundary layer thickness, dpol can be calculated from
Eq. 4948–50

dpol5
�D

k
(49)

After obtaining dpol, it can be used to calculate the bound-
ary conditions.

Modified Maxwell–Stefan model parameter estimation

Keq

� �m
from the mass transport model is the only fitting

parameter that requires minimizing a fit error function as
shown in Figure 3. The experimental data for each of the
components in the bulk solutions and permeate side at steady
state were used in the model fitting to estimate the Keq

� �m
value. The goodness of fit was measured by root mean
squared deviation (RMSD), which defined as

RMSD5
1

N

XN

i51

ci;p;exp2ci;p;calc

� 
2

" #0:5

(50)

The iterating will stop when the RMSD value is within 6

5% as shown in Figure 3. The Ri;app can be calculated by
assuming Poiseuille flow in the pores as51 as

Ri;app512
ci;p

ci;b
(51)

The modified Maxwell–Stefan model was fitted with the
experimental data using the genetic algorithm as the optimi-
zation tool of MATLAB.

Modified Maxwell–Stefan model solution

Once the bulk concentrations at the feed side of the mem-
brane reactor, cI

i;b and cII
i;b obtained from the CPE calculation

as discussed in part I of this article are known, the mass
transport equations of polarization layer and intramembrane
filtration can be solved by means of numerical procedure. As
the procedure is iterative as shown in Figure 4, the initial

Figure 2. Schematic diagram of concentration polariza-
tion and intramembrane boundary layers.45
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estimate of the rejection of each solute, Ri;app;guess and uv
guess

are required.
The initial guess of Ri;app;guess can be estimated from Eq.

51. The initial guess of uv
guess can be estimated from the

range of 0–1. Using the calculated values of the solute con-
centrations at the membrane-boundary layer interface (z50Þ
and at the membrane layer (z5Lm), Ri;app;calc and uv

calc are
then calculated. The calculations of Ri;app;calc and uv

calc will
be terminated when the error between the guess and the cal-
culated values are less than 5% as shown in Figure 4.

Results and Discussion

Model regression and validation

Parameters required by the modified Maxwell–Stefan
model integrated with CPE model developed in this work
were obtained using literature and experimental data
obtained from the CPO transesterification reaction using the
membrane reactor. Experimental run 1, 4, and 7 as shown in
Table 3 in part I in this paper series were used for parameter
regression. The model prediction capability was then further
validated by experimental runs of 2, 3, 5, 6, 8, and 9 at two
different transmembrane pressures (TMPs) of 120.6 and
137.9 kPa.

The model parameters of thermodynamic factor, Cc,
dynamic viscosities, and other physical properties of the
reaction mixture were obtained from the UNIQUAC model
and correlation based on literature data of Poling et al.52 The
values for the parameters of Lp and Rm were regressed from
the pure permeability data of MEOH at the TMP range of
103.4–137.9 kPa. The values of the model parameters
obtained in this study and its comparison with literature val-
ues are shown in Table 2.

The estimated value of Lp as shown in Table 2 was higher
than the values reported by Mehta and Zydney53 and Ahmad
et al.54 by a few order of magnitude. This observation with
higher membrane permeability was expected as MEOH was
used as the solvent, which is less viscous than water as
reported by Viswanath et al.55 Thus, MEOH permeated
through the membrane at a higher rate than the water. This
is reflected with a lower membrane resistance, Rm value
measured as compared to the literature values.53,54 The esti-
mated value of reflection coefficient, r as shown in Table 2
indicates that the membrane was selective toward solutes
when solutes and MEOH solvent move across the
membrane.56

Table 3 tabulates the diffusion coefficient of solutes in
MEOH solvent obtained from the present work and litera-
tures. It is noticed that the Maxwell–Stefan diffusion coef-
ficients calculated in the present work were differed by
partly two orders of magnitude with the literature values as
reported by Stamenković et al.58 and Portha et al.57 This is
quite reasonable considering that diffusion is the move-
ment of individual molecules through the layer of mole-
cules of the same substance (self-diffusion) or other
substances (binary diffusion in which the molecules of two
substances interdiffuse).59 This shows that the diffusion
coefficients obtained in the present work are acceptable to
the study.

The values of Keq

� �II
that represents the solubility of

Phase I in the Phase II as tabulated in Table 4 were esti-
mated from the CPE model calculation. Similar experimental
runs were also used to regress the only fitting parameter
Keq

� �m
as tabulated in Table 4.

The Keq

� �II
values (as defined in Eq. 40) for the compo-

nents of TG, DG, and MG were found to be lower than
those of FAME, GLY, and MEOH as depicted in Table 4.

By referring to the Eq. 11 in part I (as Keq

� �II
5Ki5

xI
i

xII
i

), this

observation indicates that the components of TG, DG, and
MG were more soluble in the Phase II than Phase I whereas
the components of FAME, GLY, and MEOH were more
soluble in the Phase I than Phase II. This phenomenon fur-
ther confirmed the previous observations obtained based on
Figure 6 in part I in which TG, DG, and MG were found to
be more soluble in Phase II while FAME, GLY, and MEOH
were more soluble in Phase I. These results further validated
the equilibrium behavior of chemical and phase within the
feed side of the membrane reactor. The observation also
verified the assumption made in this study that the major
resistance to permeation is governed by the solutes equilib-
rium with Phase II at the membrane surface rather than the
membrane material itself as in Figure 2 in part I.

Figure 3. Flow diagram of the mass transport Maxwell–
Stefan model fitting procedure.
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The Keq

� �m
defined in this study is to explain the parti-

tioning relationship between solutes in the continuous phase
and inert, porous membrane. By fitting the parameter of
Keq

� �m
with the experimental data, it was observed that

Keq

� �m
values tabulated in Table 4 decreased as the catalyst

concentration increases. This indicates that solutes in the
continuous phase are more soluble in the membrane than the
concentration polarization layer as the catalyst concentration
increases. Nevertheless, the Keq

� �m
values of existing work

was found slightly deviated from the Keq

� �m
value of 0.69

obtained by Kerkhof1 for the mass transport of PEG-3400 in
an ultrafiltration system with tubular membrane module. The
deviation of the Keq

� �m
value can be related to the different

solute and solvent involved in the ultrafiltration system as
well as the membrane material used in the system.

The experimental permeate fluxes, apparent solute rejec-
tions, and model predicted results were depicted in Figures 5
and 6, respectively. The comparison between the simulated
results and the experimental data at the TMP of 103.4 kPa
for runs 1, 4, and 7 as shown in Figures 5 and 6 shows a
good agreement with the error maintained within RMSD of
65%. This observations show that the parameter of Keq

� �m
obtained using the global optimization method was
satisfying.

Conversely, the model prediction of modified Maxwell–
Stefan model integrated with CPE model was further vali-
dated by using independent sets of experimental runs. A
good agreement between the experimental data and model
predicted results were observed in all the experimental runs
with the error values maintained within RMSD values ranges
from 1.35 to 3.54% as shown in Figures 5 and 6. The good
match between the model predicted results and experimental
data shows that the integration of modified Maxwell–Stefan
model and CPE model can be used to predict the permeate
compositions, permeate fluxes, and solute rejections. It also
proves the validity of the model that represents the CPO
transesterification reaction and products separation in the
membrane reactor.

Figure 5 illustrated the effect of TMP on the permeate
flux of reaction mixture for UF ceramic membrane at steady
state. In all cases, the permeate fluxes of reaction mixture
were considered almost constant as the TMP increases. It is
observed from Figure 5 that the permeate fluxes of reaction
mixtures were lower than the permeate flux of pure MEOH
solvent of 44.11 3 1027m3 m22 s21 at all the operating con-
ditions of TMP and catalyst concentration. As the solutes of
the reaction mixtures, which are the micelles in this case
deposited onto the membrane surface to form a concentration
polarization layer, reversible fouling adjacent to the mem-
brane surface is found to be the major fouling phenomena of
the membrane reactor. This can be further supported with
the relatively constant permeate flux of reaction mixture
with increasing TMP.

In addition, it is worth noting that the rejected solutes
deposited on the membrane surface were removed com-
pletely by forward flushing with hot tap water and MEOH
solvent after each experimental run. After each forward
flushing, complete recovery of membrane permeability for
MEOH solvent to the initial value of pure MEOH permeabil-
ity was obtained. This observation is important as it proved
that there was no adsorption or pore plugging of solutes in
the membrane for reactions that were conducted under these
operating conditions. Above all, these results show the valid-
ity of the model with the consideration of concentration
polarization layer and intramembrane phenomena.

In Figure 6, the apparent solutes rejections, Rapp were
depicted as a function of TMP. The Rapp values were found
to be almost constant as the TMP increases, which corre-
spond to the trend of flux vs. TMP as depicted in Figure 5.
This observation shows that TMP does not affect the perme-
ate flux and Rapp in the present work. This observation is
advantageous to the biodiesel production process using

Figure 4. Flow diagram of the solution algorithm of the
modified Maxwell–Stefan model.

Table 2. Estimated Parameters for the Modified Maxwell–

Stefan Model

Parameter Present Work Literature Reference

Lp (m s21 Pa21) 1.268 E 209a 2.500 E 210b Mehta and
Zydney53

8.646 E 216c Ahmad et al.54

Rm (m21) 1.337 E 112 1.156 E 115 Mehta and
Zydney53

2.158 E 112 Ahmad
et al.54

r 0.8942 – –

aPure MEOH permeability in the ceramic membrane.
bWater permeability in the zirconium ceramic membrane.
cWater permeability in the ceramic membrane.
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membrane reactor, as operating the ultrafiltration membrane
at low TMP requires low energy consumption.

Besides, it was observed that in Figures 6a, b high Rapp

values for micelles but low Rapp values for TG solute were
obtained for reactions that used catalyst concentration of 0.1
and 0.05 wt %, whereas high Rapp values for TG, DG sol-
utes, and micelles were obtained for reactions that used 0.5
wt % catalyst concentration. This indicates that TG perme-
ated through the membrane when catalyst concentration of

0.05 and 0.1 wt % were used in the reaction at varying
TMP. This observation indicates that catalyst concentration
affects the final purity of biodiesel in membrane reactor. To
have efficient product separation in the membrane reactor, it
is important to operate the biodiesel production process at
the appropriate catalyst concentration to control the CPE
behavior of the reaction mixture. In this case, catalyst con-
centration of 0.5 wt % is needed if high Rapp values for TG
and micelles were desired.

Table 3. Diffusion Coefficient of Solutes in MEOH Solvent

Reference

-Di;MEOH (m2 s21)

Micelle TG DG MG GLY FAME MEOH

Present worka N/A 1.21 E 211 1.10 E 211 1.14 E 211 4.29 E 211 7.60 E 210 1.38 E 207
Portha et al.57b N/A 6.19 E 210 7.79 E 210 1.11 E 209 2.83 E 209 1.19 E 209 4.29 E 209
Stamenković et al.58b N/A 7.80 E 210 N/A N/A N/A N/A N/A

aMaxwell–Stefan diffusion coefficients obtained in the present work.
bDiffusion coefficients obtained from the Wilke and Chang correlation.
N/A, Not applicable.

Table 4. The Regressed Parameters for Modified Maxwell–Stefan Model Using Experimental Data of Runs 1, 4, and 7

NAOH (wt %)

Keq

� �II
Keq

� �m
RMSDTG DG MG GLY FAME MEOH

0.05 5.50 E 209 2.62 E 203 1.48 E 203 3.89 E 201 1.77 E 202 1.50 0.9907 0.1523
0.1 1.53 E 209 1.11 E 201 3.01 E 203 4.15 E 201 6.31 E 202 1.53 0.7718 0.1835
0.5 8.42 E 203 8.44 E 205 4.61 E 202 5.47 E 201 2.54 E 202 1.60 0.2145 1.8029

Figure 5. Experimental and simulation results of permeate flux at steady state as a function of TMP for reactions
that used different catalyst concentration of (a) 0.05 wt %, (b) 0.1 wt %, and (c) 0.5 wt % with CPO:MEOH
molar ratio of 1:24 at constant temperature of 333.15K.
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Model evaluation

In this section, the developed model was used to evaluate
the effects of CPE and mass transport behavior at the feed
side of membrane reactor, concentration polarization and
intramembrane on the final biodiesel purity in the membrane
reactor. The comparisons of components compositions
between the permeate stream (representing separation behav-
ior) and micelles (representing CPE behavior) are shown in
Figure 7.

A good agreement with the error maintained within
RMSD of 65% was observed in the comparison between the
experimental data and predicted results as shown in Figure 7
for permeate stream compositions. The micelles in the emul-
sion at the feed side of the membrane reactor could not be
measured, and therefore, only micelles concentrations simu-
lated based on Eq. 52 were depicted in Figure 7

CI
Micelle5CII

TG1CII
DG1CII

MG1CII
GLY1CII

MEOH1CII
FAME5Phase II

(52)

It is observable from Figure 7a that permeate is rich in
MEOH while Figure 7b shows that micelles are rich in TG
and FAME components for reaction that used catalyst con-
centration of 0.5 wt %. Interestingly, it is noticeable that
Figures 7c, e show that permeate is rich in TG component
while the micelles are rich in MEOH component as shown
in Figures 7d, f for reaction that used catalyst concentration

of 0.1 and 0.05 wt %. The observation in Figures 7c–f is
contradicting with the one in Figures 7a, b. The underlying
causes could be the effect of catalyst concentration toward
the CPE of reaction mixture at the feed side of reactor.

To better understand the extent of current observation,

Figure 7 presented in this article was compared with Figure

6 depicted in part I of this two-paper series. Figure 7a shows

that the compositions of permeate obtained from membrane

separation for both experiment and model simulation results

were closely following the trend of compositions in Phase I

obtained from CPE analysis at the feed side of the reactor as

depicted in Figure 6a in part I.
Conversely, Figure 7b shows that the micelles composi-

tions obtained from the model simulation are similar to the

compositions of Phase II obtained from CPE at the feed side

of the reactor as depicted in Figure 6b in part I. This indi-

cates that a high rejection efficiency of micelles was

achieved in the experimental run that used catalyst concen-

tration of 0.5 wt % with CPO:MEOH molar ratio of 1:24 at

temperature of 333.15 K and TMP of 103.4kPa.

This observation is consistent with results illustrated in
Figure 6c that high Rapp value for TG solute and micelles
were obtained in the reaction that used catalyst concentration
of 0.5 wt %. Thus, it is reasonable to find that TG solute
and micelles were undetectable in Phase I and permeate
stream, respectively, as illustrated in Figure 6a in part I and

Figure 6. Experimental and simulation results of the apparent rejection for each solute as a function of TMP for
reactions that used different catalyst concentration of (a) 0.05 wt %, (b) 0.1 wt %, and (c) 0.5 wt % with
CPO:MEOH molar ratio of 1:24 at constant temperature of 333.15 K.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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Figure 7a in present article. These findings verified that
micelles are formed by solutes in Phase II following to Eq.
52 and being retained by the membrane with high rejection.
At the same time, the continuous phase (Phase I) permeated
through the membrane. These observations verified the main
assumption made in the model development.

Conversely, it is important to notice that the permeate
compositions as depicted in Figures 7c, e were confirming
with the compositions of Phase II obtained from CPE at the
feed side of the reactor as depicted in Figures 6d, f in part I.
The micelles compositions as depicted in Figure 7d, f were
following the Phase I compositions obtained from CPE at

the feed side of the reactor as depicted in Figures 6c, e in
part I. This indicates that Phase II has become the continu-
ous phase and permeates through the membrane while the
membrane retained Phase I as micelles for reactions that
used catalyst concentration of 0.05 and 0.1 wt % with CPO:-
MEOH molar ratio of 1:24 at temperature of 333.15 K and
TMP of 103.4 kPa. Although two phases were obtained at
the feed side of the reactor for all catalyst concentrations as
illustrated in Figure 6 in part I, phase inversion had happen
in such a way that Phase II or TG-rich phase becomes the
continuous phase and permeated through the membrane as
depicted in Figure 7.

Figure 7. Permeate and micelles for reactions that used catalyst concentrations of 0.5 wt % (a, b), 0.1 wt % (c, d),
and 0.05 wt % (e, f) with CPO:MEOH molar ratio of 1:24 at temperature of 333.15 K and TMP of 103.4
kPa.
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Furthermore, it is worth noting from Figures 8a, b in part
I that TG compositions in the feed bulk phase fall into the
range of 39–50 wt % where phase inversion happened in
those reactions that used catalyst concentration of 0.05 and
0.1 wt %. Whereas Figure 7c in part I shows that TG com-
positions in the feed bulk phase fall into the range of 2–15
wt % for reaction that used catalyst concentration of 0.5 wt
%, in which micelles were formed and TG free permeate
was obtained. This finding was found consistent with the
data reported by Cheng et al.60 that oil-rich phase was
rejected by the membrane when the feed bulk concentration
is controlled within the two-phase zone with TG composition
of 20 wt %. Above findings show that the rate of reaction
needs to be controlled at a higher catalyst concentration so
that TG composition in the feed bulk phase can be main-
tained within the two-phase zone with low concentration to
prevent phase inversion.

In order further investigate the phase inversion behavior in
the reaction; Figure 8 was used to analyze the feedstream con-
ditions of the membrane reactor at varying CPO:MEOH molar
ratios of 1:6, 1:12, 1:24, and 1:42. The phase behavior calcu-
lations of Eq. 4 in part I was conducted with the basis of 3 L
of CPO. The CPO and MEOH in weight percent (wt %) cor-
responding to their respective volume percent (vol %) were
also illustrated in Figure 8. As recommended by Falahati and
Tremblay,61 the amount of CPO (TG) at the feedstream of the
reactor should not exceed the phase inversion limitation of
40–50 vol %, which is equivalent to 39.81–53.65 wt % as
depicted in Figure 8, if the TG-rich phase need to be
remained as the dispersed phase in the continuous MEOH-
rich phase and separated by the membrane. Based on the
illustration in Figure 8, the recommended CPO:MEOH molar
ratio for biodiesel production in the membrane reactor would
be at minimum of 1:24, in which the feedstream consists of
CPO � 53.65 wt % and MEOH � 46.30 wt % whereby TG-
rich micelles can be remained as dispersed phase in the con-
tinuous phase of MEOH. Phase inversion will happen as
depicted in Figure 8 when CPO:MEOH molar ratio of 1:12
and lower is used, in which the feed stream consists of
unreacted CPO of �69.84 wt % and MEOH of �30.16 wt %.

However, the major finding found from this study shows
that controlling the phase behavior in the reaction mixture is
not solely based on the CPO:MEOH molar ratio as claimed
by Cao et al.62 and Falahati and Tremblay.61 It is also
depending on the catalyst concentration used in controlling
the phase behavior at the feed side of the membrane reactor
besides the CPO:MEOH molar ratio at the feed stream.

Table 5 depicts the TG phase conditions for reactions of
using CPO:MEOH molar ratio of 1:24 with various catalyst
concentrations obtained from Figure 7 in part I. As the cata-
lyst concentration decreased as shown in Table 5, TG com-
position at the feed side of the membrane reactor and in
Phase II increased due to the decreasing TG conversion. It is
noticed from Table 5 that Phase II of the reactions that used
catalyst concentrations of 0.05 and 0.1 wt % consist of 78–
96 wt % of TG even TG composition in the bulk phase were
following to the scale of TG � 53.65 wt % as depicted in
Figure 8. As a result, phase inversion happened at the feed
side of the membrane reactor whereby TG-rich phase (Phase
II) became the continuous phase and MEOH-in-TG emulsion
formed as shown in Table 5. This also explains Phase II per-
meated through the pores of membranes to give the high TG
concentration in the permeate stream in both experimental
runs as shown in Figures 7c, e.

Furthermore, due to the permeation of TG-rich phase that had
become continuous phase in the reactor, lower permeate fluxes
were obtained for experimental reactions that used catalyst con-
centration of 0.05 and 0.1 wt % as shown in Figure 6 in part I.
Similar observation was also reported by Cheng et al.60 There-
fore, the minimum catalyst concentration of 0.5 wt % should be
used for the biodiesel production from untreated CPO in the
membrane reactor to avoid phase inversion.

The results obtained in this section shows that the mem-
brane separation efficiency is highly depending on the forma-
tion of micelle, which has been repeatedly reported by many
literatures.62–64 The formation of micelle is highly depending
on the catalyst concentration and CPO:MEOH molar ratio.
Therefore, the model evaluation results have successfully
shown the validity of the integration of Maxwell–Stefan model
with CPE model by considering the effects of CPE at the feed
side of membrane reactor and the mass transport behavior at
the concentration polarization layer and intramembrane layer
of the membrane reactor on the final biodiesel purity.

Figure 8. Scale of CPO and MEOH volume and mass percent at varying CPO:MEOH molar and volume percent ratios.

Table 5. TG Phase Conditions for Reaction of Using CPO:-

MEOH Molar Ratio of 1:24 with Various Catalyst Concen-

trations at Steady-State Condition

NAOH
Concentration
(wt %)

TG Composition
in Bulk Phase

(wt %)

TG Composition
in Phase
II (wt %)

TG Phase
Condition

0.05 42–50 80–96 Continuous phase
0.1 39–50 78–96 Continuous phase
0.5 2–15 2–20 Micelles
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Conclusions

In the present article, the mathematical model of modified
Maxwell–Stefan equations integrated with CPE was used for
the first time to simulate the simultaneous CPE and multi-
component mass transport phenomena in the biodiesel pro-
duction from CPO using the membrane reactor, which gives
a good fit to the experimental data at all the conditions tested
with the error values maintained within RMSD values ranges
within 65%. At the cross flow velocity of 0.75 m s21,
reversible fouling with dpol ranging from 0.000086 to
0.0017 m was found to be the major fouling phenomena of
the membrane reactor and complete recovery of membrane
permeability by forward flushing shows that no pore plug-
ging of solutes in the membrane. This proved the validity of
the model developed with the consideration of concentration
polarization layer and intramembrane phenomena. Further-
more, high and constant solute rejection, Rapp values were
obtained as the TMP increases shows that the biodiesel pro-
duction process using the membrane reactor requires low
energy consumption as the ultrafiltration membrane can be
operated at low TMP of 103.4 kPa.

Furthermore, the experimental and simulation results show
that permeate and micelles compositions were closely related
to Phase I and Phase II of the CPE of transesterification sys-
tem, respectively, at the feed side of the membrane reactor.
For reaction of using CPO:MEOH molar ratio of 1:24 with
catalyst concentration of 0.5 wt %, TG-rich phase or micelles
(Phase II) were retained by the membrane and TG free perme-
ate (Phase I) was obtained, whereas phase inversion happened
when catalyst concentration of 0.05 and 0.1 wt % were used
as TG-rich phase became continuous phase and permeate
through the membrane. This finding shows the important of
catalyst concentration and CPO:MEOH molar ratio in control-
ling the chemical reaction and phase behavior at the feed side
of the membrane reactor, which affects the final purity of
FAME in the permeate stream. This emphasized the important
of incorporating the CPE model into the multicomponent
mass transport of modified Maxwell–Stefan model modeling
due to the close relationship between permeate compositions
and feed bulk concentration in the membrane reactor. Last but
not least, it is of great interest to investigate whether the
application of develop model for actual process design in the
industry is successful, especially for multicomponent systems,
and it will be considered in our future work.
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Notation

Ac = cross sectional area, m2

Bo = permeability parameter
B½ � = Maxwell–Stefan friction matrix
c = molar concentration, mol L21

cVieth = Vieth constant
di = total driving force on component i; m21

-D = Maxwell–Stefan diffusion coefficient, m2 s21

Dturb = turbulent diffusivity coefficient, m2 s21

-Do
ij = diffusion coefficient of solute i present in infinitely low con-

centration in solvent j; m2 s21

�D = average Fickian diffusive mass-transfer coefficient, m2 s21

½D� = Fickian molecular diffusion matrix
D½ �turb = turbulence diffusivity matrix
dtube = diameter of the tubular membrane, m

f = total friction force, m21

f 5 = Fanning friction factor
F 5 = molar flow rate, mol min21

F = Faraday’s constant
½F’� = convective part matrix

g = total body force per mass of component, N kg21

g = gravitation constant, m3 kg21 s22

½G’� = generalized friction matrix
DGo = standard free energy change, J mol21

hf = friction head, m
½I� = identity matrix
J = permeate flux, m s21

k
0

= effective rate constant, L mol21 min21

k = mass-transfer coefficient, m s21

K = phase equilibrium ratio
Keq = reaction equilibrium constants

Keq

� �II
= equilibrium matrix

Keq

� �m
= equilibrium partition coefficient

Lm = membrane thickness, m
Lp = hydraulic permeability constant

Ltube = length the tube, m
MNAOH = molarity of standard NAOH solution, mol mL21

Mj = molar mass of the solvent, g mol21

MW = molecular weight, g mol21

n = number of moles, mol
n = number of solutes

ntube = number of tubes per membrane module
N = molar flux, mol m2 min21

P = pressure, kPa
DPtotal = total pressure difference of the system or transmembrane pres-

sure, kPa
Q = volumetric flow rate, L h21

rim = friction force between component i and membrane, m21

rpore = pore radius, m
R = gas constant, J K21 mol21

Rapp = apparent solute rejection
Rm = membrane resistance, m21

Rs = resistance due to solute, m21

Re = Reynolds number
Sc = Schmidt number

Scturb = turbulence Schmidt number
Sh = Sherwood number

t = time, min
T = temperature, K
u = specific velocity, m s21

ut = bulk flow velocity/cross flow velocity, m s21

uv = volume-averaged velocity (or volumetric flux), m3 s21 m22

v = kinematic viscosity, m2 s21

vturb = turbulent kinematic viscosity, m2 s21

Vi = molar volume of solute i at its normal boiling temperature, m3

mol21

_V out = volumetric flow rate of the permeate, L min21

DV = differential volume, L
�V = specific molar volume, m3 kmol21

W = unit weights
x = mole fraction
X = Phase II

y1 = dimensionless distance coordinate in the polarization layer
Y = Phase I
z = distance coordinate perpendicular to the membrane surface, m
Z = number of charges

Greek letters

c = activity coefficient
�c = average activity coefficient
r = osmostic reflection coefficient
g = Viscosity, kg m21 s21

g = dynamic viscosity, Pa s
gm = dynamic viscosity of mixture, Pa s
U = average segment fraction
U = electrical potential
Uj = association factor for the solvent j
h = average area fraction
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dij = Kronecker delta
dpol = thickness of boundary layer, m

l = chemical potential, J mol21

j = fractional viscosity coefficient, s21

e = error
e = membrane porosity
s = empirical parameter
s = membrane tortuosity
s = residence time, h

am = membrane resistance factor, m22

n = interaction parameter
b = stoichiometric coefficient
x = mass fraction
½Cc� = thermodynamic correction factor matrix
DP = osmostic pressure difference across the membrane, kPa

Subscripts

b = bulk phase
calc = calculated value

CPO = crude palm oil
exp = experimental value

F = feed
guess = guess value

in = inlet to the reactor
i; j; k = individual component/solute

m = membrane
max = maximum

MEOH = methanol
MEOH=NAOH = solvent of methanol and sodium hydroxide

o = initial
out = outlet/permeate from the reactor

p = permeate
pol = polarization layer

r = retentate
t = total

tube = tubular membrane

Superscripts

I = Phase I
II = Phase II
m = membrane
0 = membrane interface

Abbreviation

CPE = chemical and phase equilibrium
CPO = crude palm oil
DG = diglyceride

FAME = fatty acid methyl ester
GLY = glycerol/glycerine
LHS = left-hand side
LLE = liquid–liquid equilibrium

MEOH = methanol
MG = monoglyceride

MPOB = Malaysian palm oil board
RHS = right-hand side

TG = triglyceride
TMP = transmembrane pressure

UF = ultrafiltration
UNIQUAC = UNIversal QUAsiChemical
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Appendix : Derivation of the Flux Equations for
the Binary Friction Maxwell–Stefan Model

Multiplying Eq. 5 with ct, it becomes
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The first term on the RHS of A1, we can write1,36

ctxi

RT
rT;Pli5ct

Xn21

j51

Cijrxj (A2)

The second term on the RHS of A1 can be written as1
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The Maxwell–Stefan diffusion term is defined as36
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The second term on the LHS of A1 can be written as1
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Substituting A2, A3, A4, and A5 into A1, resulting in
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Rearranging A6, we obtained
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and further arranging it into

ct

Xn21

j51

Cijrxj2Ntxi
1

-Din

1
c2

t
�V i

�V n

Bo
jn

� �

5
xic

2
t

�Vi

Bo

Xn21

j51

Nj jj
�Vj2jn

�V n

� 

1xi

Xn21

j51

Nj
1

-Dij
2

1

-Din

� �

2Ni

Xn

k51

xk

-Dik
2

ct

Bo
ji

�V iNi

(A8)

From A8, the friction matrixes and thermodynamic factor

matrix are obtained as as shown in Table A1. Equations 8 and

11 are then obtained by multiplying G½ �ij and F½ �ij with s
e. And,

Eqs. 9, 10, and 12 are formed by the term B½ �ii, B½ �ij, and C½ �ij as

shown in Table A1.

Manuscript received July 10, 2014, and revision received Jan. 7, 2015.

Table A1. Terms for Friction Matrixes and Thermodynamic

Factor Matrix

Term Term from A8

G½ �ij B½ �ij and the first and forth terms on the RHS of A8
B½ �ii The third term on the RHS of A8
B½ �ij The second term on the RHS of A8
F½ �ij The second term on the LHS of A8
C½ �ij The first term on the LHS of A8
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